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Abstract

The effect of reactor geometry and bed dilution on the extent of gas oil hydrodesulfurization was tested by conducting hydrodesulfurization
experiments in two laboratory reactors of different scale with non-diluted and diluted beds in ascending flow. The superficial gas and liquid velocities
and the catalyst bed height were kept constant while the main difference between the two reactor scales was the reactor diameter. The diluted bed of the
mini-reactor showed the best performance and its results were identical in upflow and downflow mode. The differences between the performance of the
mini- and the bench-scale reactor operating in upflow mode have been investigated. Reactor performance simulation was attempted by a mathematical
model that takes into account axial dispersion of the liquid phase and gas-liquid mass transfer. Bench-scale reactor operation was characterized by
lower mass transfer rates than the corresponding mini-scale one. Combining model predictions and mock up operation it is concluded that the stronger
mass transfer resistances calculated for the bench-scale reactor are associated with poorer gas distribution through the catalyst bed. Reduction of the

bed diameter results in better gas—liquid contact by forcing the gas bubbles to distribute more effectively into the liquid phase.

© 2007 Elsevier B.V. All rights reserved.
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1. Introduction

Downscaling is not only a means to obtain cheaper, faster
and in a safer way experimental data but also a way to study
process characteristics. A crucial and difficult in most cases to
achieve task is the decoupling of reaction rates from the fluid
dynamics and mass transfer effects. The latter effects are
strictly connected with the laboratory reactors employed in
experimentation while kinetics should not be affected by the
reactor size and shape. Therefore, the estimation of the impact
of these effects on reactor performance is indispensable in
kinetic, catalyst and scale up/down studies.

Three phase hydrotreaters are widely used in petroleum
industry and the importance of hydrotreatment in producing
cleaner fuels and upgrading heavy feeds has lately adds to the
interest in applications and research for improved efficiency.
Experimental data is mostly obtained from small scale
hydrotreaters and the controlling parameters of their perfor-
mance should always be taken into account in modeling
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and interpretation of the results. Liquid phase non-ideal flow
has been proved to be a very important hydrodynamic
parameter in small scale laboratory hydrotreaters and its extent
is widely estimated by using the axial dispersion model.
Gas-liquid mass transfer may also affect reactor performance
and its impact on overall reaction rates can be assessed using
the film theory.

The bed dilution and the application of the concurrent
upflow mode are the main ways that have been suggested in
literature [1-5] in order to eliminate the non-ideal flow effects
and enhance the particle wetting efficiency. Catalyst dilution
with inert fines diminishes the liquid axial dispersion and
improves wetting efficiency in downflow reactors too. There-
fore, the conversions achieved by diluted beds operating in
upflow mode are in many cases higher than the corresponding
ones obtained by non-diluted beds in downflow mode.
However, it is practically difficult to verify that all the
multiphase effects and resistances affecting reaction rates are
minimized or diminished due to the lack of adequate transfer
and dispersion data as concerns small scale three phase
reactors. But, the possible deviations in operation of different
scale reactors should always be explained and the reasons of
deviations quantitatively substantiated.
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Nomenclature

A pre-exponential factor of activity (If /h
(mol i)' gear)

c1—c¢  constants in Egs. (21) and (22)

C concentration (mol 171)

Dax axial dispersion coefficient (mm?*s™ ")

D;; diffusivity (mm?s™h

Db effective diffusivity (mm>s™")

D?j molecular diffusion (mm2 sfl)

E activation energy (kJ mol ' K™ ")

H Henry coefficient ((mol; 1™ Hg/(mol,; 171;)

H/IC hydrocarbons

k specific reaction constant (I? /h (mol i)"~" gcar)

Ku,s  inhibition factor of H,S (mol H,S1; ")

ky; liquid side mass transfer coefficient (m;
mi;tzerface Sil)

Kig gas-liquid mass transfer coefficient (mj
mi;tzerface Sil)

/ local position along the reactor length (m)

L bed height (m)

n reaction order

R reaction rate (molgcirh™")

Rg ideal gas constant = 8.314 (J mol 1)

S stoichiometric coefficient

T absolute temperature (K)

AT thermal increment (K)

u velocity (mm s h

WHSV space velocity (kggi/kgca: h)

X molecular fraction in the liquid phase

y molecular fraction in the gas phase

Greek letters

oy interfacial area (miznterfacial mrzzgclor)
:3 hold up (ml3iquid or gas m;c;id)

8 film thickness

s porosity (i, mad)

n apparent catalytic activity

0 density (g ml™")

Index

AX axial

B typical HDS conditions

BED  bed

CAT  catalyst

effect effective

G gas

HDS  hydrodesulfurization reaction
HYD  saturation reaction

i compound index number

L liquid

S superficial

Various sizes of laboratory, pilot and large scale hydro-
treaters have been referred in literature. In Table 1, the
definition of the reactor scale proposed by Gierman [6] is
presented. The same terminology has been used by other

Table 1
Reactors scales definition by Gierman [6]

Reactor category Catalytic bed volume (ml)

Nanoflow 0.5
Microflow 5
Bench scale 50
Small pilot plant 500
Large pilot plant 5000

authors defining as microreactors [3,5,7,8] the reactors with bed
volume from 2 to 10 ml. The diameter and length of these
reactors are around 10 and 130 mm, respectively, which are
beyond the micrometer order of magnitude. In contrary, the
flow rates and the superficial velocities for LHSV = 1 h™' for a
bed volume of 10 ml are 2.8 pl s~ ' and 35 wm s~ which are in
the micrometer order of magnitude and consequently the
attribution of this definition is reasonable. In more recent works
[9,10] the term microreactor is attributed to devices with
parallel channels having diameters of some micrometers. In this
case the term microreactor is used on account of the channel
diameter and the methods of catalyst deposition on the walls.
The latter type of reactor is applied yet for one or two phase
reactions conducted at mild conditions. Therefore, the term
“mini-reactor”’ is proposed to be used for the reactors with
2-10 ml catalytic bed volume in order to avoid the eventual
confusion with the novel type micro-channels reactors.

The scope of this paper is to investigate the effect of scaling
down of three phase upflow hydrotreaters. To this end, the
apparent catalytic activity of a mini- (5.5 g of catalyst) and a
bench-scale reactor (50 g of catalyst) is compared by
examining diluted and non-diluted beds. The differences in
performance of the upflow reactors, for which liquid dispersion
data are available, have been studied and the mass transfer
resistances in both reactors have been estimated and discussed.

2. Experimental section

All the hydrodesulfurization experiments were carried out
with a straight run atmospheric gas oil (1.45 wt.% S) and a Ni—
Mo/v-Al,0O5 commercial catalyst in cylindrical form with a
mean diameter of 1.15 mm and particle density 1.3 g cm . In
the case of diluted beds, Silicon carbide fines with a mean
diameter of 250 wm were used. A mini-scale reactor of 8 mm
internal diameter was used to study the behavior of a non-
diluted and a diluted bed.

The bed height of the non-diluted and the diluted bed was 14
and 16.9 cm, respectively, while both beds were loaded with
5.5 g of catalyst extrudates. The expansion of the diluted bed is
due to the excess of the diluent fines used for the catalyst bed
dilution. The same feed and catalyst system was used in a
previous work [11]. The operating temperature of the mini-
reactor was measured at several points on its external wall and
the maximum difference was 0.5 °C. Thermal tests with an
internal traveling thermocouple have verified that the tem-
perature difference between the catalyst bed and the external
wall was less than 1 °C for all the experimental conditions of
this work and the forced convection isothermal heater used.
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Fig. 1. Configuration of catalytic beds in bench and mini-scale reactors.

Two catalytic beds were examined in a bench-scale reactor
of 25 mm internal diameter equipped with a 6 mm external
diameter thermowell. The first bed was non-diluted and the
second one diluted by the same procedure as the mini-scale
reactor. The length of the non-diluted bed was 14 cm and of the
diluted one 17.2 cm while their catalytic mass were 52.7 and
50.5 g, respectively. The silicon carbide to catalyst ratio was
equal to 1.2 gsic/gcar in both reactors. Going down from the
bench to the mini-reactor size, the bed height was kept constant
and so the superficial velocities were also kept constant at the
same space velocities. A graphic representation of the beds
loaded in the bench and the mini-scale reactors is depicted in
Fig. 1.

The experiments in both reactors were conducted at 54 bar
in a temperature range of 30 K, by varying WHSV from 1 to
2h~! and the gas to oil ratio from 500 to 1000 Nl/kg. The
experimental conditions, the superficial gas and liquid
velocities for each experimental point for both reactors,
Reynolds and Schmidt numbers for both phases are given in

scales. Gas and liquid were pre-mixed before the reactor
entrance and they entered the reactor through a tube opening of
3 mm. This is the simplest and most commonly used feeding
system. Therefore, the distribution of the gas phase was
achieved by the same way in both reactor types through the beds
supporting layers. Quartz wool layers of 5 mm thickness were
placed at the top and bottom of each bed of supporting inert
glass extrudates to enhance gas-liquid distribution.

3. Mathematical model

For the simulation of the gas oil HDS reactor it is essential to
evaluate the gas oil evaporation as well as the hydrogen and
hydrogen sulfide solubility in the oil fraction at reaction
conditions. For this reason the petroleum fraction can be
simulated with a number of pseudo-components that represent
the real molecules of the hydrocarbon mixture [11]. In this
work, four components with identical physicochemical
characteristics simulate the behavior of the reactants and
products in gas oil. The first component (i = 1) represents the
non-saturated hydrocarbon molecules that can be hydrogenated
during hydrotreatment, the second one (i = 2) the sulfur bearing
organic compounds, while the third (i =3) stands for the
organic desulfurized products and the fourth pseudo-compound
(i=4) for the saturated hydrocarbons produced by the
hydrogenation reactions.

The developed model takes into account two kinetic equa-
tions. One equation describes the hydrodesulfurization reaction
rates (Eq. (1)) of the molecules bearing sulfur atoms. A second
kinetic equation gives the hydrogen consumption (Eq. (2)) due to
hydrogenation of the non-saturated compounds. Both kinetic
equations are of Langmuir—Hinshelwood type with a H,S
inhibition factor. Liquid solid mass transfer has been neglected
allowing the assumption that the liquid in contact with catalyst
particles has the same composition as the bulk liquid phase:

P Cum,
R — k 51 Nsb)
HDS,i = KHDS 7 Ku,s ips CL1,s
cps
= Aups e*EHDS/(RGT) Li CLH, 0

I + Ku,s,0DsCL H,S

MHYD
CL,i CL,Hz

Ruyp,; = kuyp
' 1 + Ku,s 1YDCL H,S

NHYD
CL,i CL,Hz

Table 2. It is noted that dimensionless numbers are calculated at — Auyp e~ Envn/(RaT) 2)
reactor inlet conditions and get identical values for both reactor 1 + Ku,s 1ypCL H,S8
Table 2
Gas and liquid superficial velocities for all the experimental conditions for both reactors
T (K) WHSV G/L urs Ugs Evaporation Liquid phase Gas phase

h™! NI/ ! ! 1.%

@ (NUD (mms ) (mm s (wt.%) Rer Schmidt number Reg Schmidt number

H/C H, H/C H,

593 1 1000 0.029 1.38 36.4 0.13 33.1 13.3 2.05 33.1 13.3
613 1 1000 0.023 1.44 49.9 0.1 24.5 11.3 2.66 24.5 11.3
623 2 500 0.061 1.43 343 0.31 21.3 9.6 3.28 21.3 9.6
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The mathematical model consists of the mass balances of the
liquid and gas phase and of the total continuity equations of
both phases. In the mass balances of the liquid phase the
reaction, the axial dispersion and the gas-liquid mass transfer
terms are taken into account. In the gas phase mass balances the
gas—liquid mass transfer term was used but no reaction term has
been inserted as it is assumed that the catalyst is completely
wetted by reason of the upflow mode of operation and only the
liquid phase is in contact with the catalyst active sites. Also,
the gas phase mass balances are based on the plug flow regime.
The general simulation model accounting for gas—liquid mass
transfer resistances and liquid phase non-ideal flow is given
below:

e Liquid phase mass balance for the component representing
the non saturated compounds (i = 1):

d(u Crx;)) d dx; Kig,ov [ Cgy;
it _ € (paxce ’ —Cy
a a\"xCq ) tg ey
PBED —(Enyp/RT) ~1+nuyp ) ;P X,
- Agyp e~ (B0 /RD)
& B < o b 1 + Ku,s HYyDCLYH, S
3)

e Liquid phase mass balance for the component representing
the sulfur bearing organic compounds (i = 2):

du Cry;) d Kig,ov ( Cgy;
———Y — — | DxxC ’ - — CLx;
a de\OAx L3 a)t s U O
PBED —Evps /RT (~l+nups Xi X,
_ A e HDS C
. L( HDS L ) 1 + K, #HDs CLXH, S
“4)

e Liquid phase mass balance for the component representing
the organic hydrodesulphurized products (i = 3):

d(u Crx;) d dx; Kig,av [ Coy;
—_ = DpxC : — CLx;
. a\"xO g ) g \ ey O
PBED — Epps/RT ~1+nups X X
+ BED (41 e~ Ems/RT ¢
& B (Arms L ) 1 + Ku,s 1ps CLXH,Ss
(@)

e Liquid phase mass balance for the component representing
the products of saturation reactions (i = 4):

du Crx;) d dx; Kig,ov [ Cgy;
—_— = DaxCr,— : — CLx;
@ e\ ) T Ty O
PBED —Epyp /RT ~1+npyp X,
+ Apyp e "M/ C
e BL (Ao L ) 1 + Ku,s YD CLXH,S
(6)
e Liquid phase mass balance for the dissolved hydrogen (i = 5):
d(uCrx;) d dx; Kigav [ Coy;
—_— = DaxC : — CLx;
a0 a\"a ) T ey O

— Eups /RT ~1+1nums PHD
_ PBEDXH, (SHDS e s /RT G108 4y xS
& B 1 + Ky,s 1Ds CLXH, S

—E RT ~1+nuyp TIHYD
Suyp e Fuo/RT Cp Anypx; ) )

)

I + Ky,s0HYDCLXH,S

e Liquid phase mass balance for the hydrogen sulfide (i = 6):

d(u.Crx;) d dx; Kigiav [ Cgy;
————Y = — | DaxC ’ —— = CLx;
ar a\PxCrge ) tee ey O
N OBED e—EHDs/RTC£+ﬂHDS tzAHDSx st

e B 1 + Ku,s 1ps CLXH,S
(3

e Liquid phase boundary condition for all the compounds at the
reactor inlet:

dx;
DaxC
AXLdZ/0

e Liquid phase boundary condition for all the compounds at the
reactor outlet:

[I/tL Cin}le - [MLCin](:()* (9)

dx;
it =0 10
|, (10)
e Gas phase mass balances for all the compounds (1 <i < 6):
d(ucCay;) Kigiov ([ Coy;
=— ! — CLx; 11
at o(i-p) \H b

e Gas phase boundary condition for all the compounds
(1 <i < 6) at reactor inlet:

Yi|tz:o = yi|€:0_ (12)

The total continuity equations of the gas and liquid phase
were combined with the above component mass balances to
calculate the axial profile of the gas and liquid mean linear
velocities.

e The total continuity equation for the liquid phase is

d(uLCL) C
LR K ; o
R S
PBXH, < (SHDS — 1) e*EHDs/RTCIl‘JrnHDg B s
e HDS*)
e- B (l + Kst.,HDSCLXHZS)

SHYD e*EHYD /RT C]l‘H’lHYD
(1 4+ Ku,s,uYyDCLYH,8)
and its boundary condition at the reactor inlet:
[uCLlp—g = [uLCL]y—y- (14)
o The total continuity equation of the gas phase is given by the
following expression:

d(ucCg) Coyi
TG _ﬂL ZKLGzOlV H

while the boundary condition at the reactor inlet is

[uGCali—o = [ucCcli—y- (16)

AHYDleYD> (13)

CLx,) (15)

The film theory was employed to correlate the mass transfer
coefficients with the effective diffusivities of the mixture
compounds while the controlling mass transfer resistance at the
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gas—liquid interface was presumed on the liquid side. A
common film thickness (§;) for all the compounds was
considered:

L
Di,eff
o

kL,iOlv = ay (17)

The effective diffusivity of each mixture component in the
liquid phase (D) has been determined through calculations
using the molecular diffusion (D?j) and the diffusivity (D;;) of
the components. For the calculation of the molecular diffusion
(D?j) of a molecule i at infinite dilution in a molecule j in the
liquid phase the Tyn and Calus correlation was used [12]. The
respective diffusion of the dissolved gases (H, and H,S) in
liquid phase was estimated by Wong and Hayduk correlation
[13] based on 421 data in a temperature range from 273 to
567 K. This correlation has been developed by testing several
systems with numerous organic solvents and with 17 different
dissolved gases except H,. It should be mentioned that in the
open literature it was not possible to find a more reliable
correlation to predict the diffusion of dissolved H, in a
petroleum fraction at hydrotreatment conditions. Besides, the
correlation of Wong and Hayduk [13] gives reasonable results
when compared with the Wilke and Chang correlation [14]
even if the latter is not designed to estimate dissolved gas
diffusion coefficients. Thereafter, the diffusivity of i and j
molecules (D;j) in the multicomponent mixture was calculated
with Kooijman and Taylor equation [15] and finally the
effective diffusivity (Dk;;) of a molecule i in the mixture was
estimated with Eq. (19):

X X L X /2
Dy = @%)"(0%" T[ ©@%0%)™ (18)
k:lkié,‘,,-

(1 —X,')

- _ 19
ST, (5/D5) )

L
Di,eff -

For the calculation of D?j with Tyn and Calus equation, the
liquid viscosity and surface tension are required. The Brulé and
Starling method [16] was applied to calculate liquid viscosity
by neglecting the dissolved amounts of H, and H,S in the
organic liquid phase. For the calculations of surface tension
the corresponding states correlation was applied [12]. For the
application of Eq. (19) in liquid phase the true molar fractions
for each compound were used.

The mathematical model of the simulation equations
was numerically solved with the method of finite volumes
[17]. In order to facilitate the solution of this non linear
problem and to eliminate the number of repetitions of the
algorithm cyclic procedure, the solution of the model by
neglecting the axial dispersion and gas—liquid mass
transfer terms was performed for the initialization. For the
estimation of the kinetic parameters an optimization
program was developed based on the method of Neadler-
Mead [18].

4. Results
4.1. Apparent activity results for both reactors

In the following paragraphs the comparison of the
performance of different catalytic beds as well as the effects
of mass transfer and liquid non-ideal flow on reactor
performance are presented and discussed employing the term
“apparent activity”’. The apparent activity represents the ratio
of the catalytic mass of a real reactor bed to the mass of a
reference and ideal reactor achieving the same conversion at the
same operating conditions. But, the apparent activity also
represents the ratio of the specific reaction constant (kyps)
estimated from experimental data of any catalytic bed to the
specific reaction constant of a reference reactor:

B kups 20)
kHDS sreference bed

For the calculation of the apparent activity, the kinetic
parameters of the HDS process were determined by using the
experimental data obtained from the operation of the downflow
mini-reactor diluted bed [11]. The operation of this bed is
considered as a reference because it gives the highest HDS
performance among the other beds tested in the frame of this
work and also because there was no difference in conversion for
either upflow or downflow operation (Fig. 2a). For the
optimization and the parameters estimation, it was reasonably
considered that this bed can be simulated as an ideal reactor and
consequently the mass transfer and axial dispersion terms have
been neglected. This is also supported by literature data of axial
dispersion [19,20] indicating Pe higher than 85 while for the
mass transfer effects it has been demonstrated that diluted small
scale trickle flow reactors performance corresponds to
industrial scale operation [5] which is considered free from
inter-particle mass transfer effects [7]. In Fig. 2a a comparison
of all the beds of both reactors in terms of sulfur concentration
in the product is shown while H, consumption comparative
results are presented in Fig. 2b.

In Fig. 2, a comparison of the operation of the bench-scale
and mini-scale reactor beds is presented in terms of the apparent
activity (n). Each bar of this figure corresponds to the mean
apparent activity of all the experimental points of a certain bed
and flow mode. On the same bar the standard deviation of
catalytic activity is also shown.

As concerns the mini-reactor, it is obvious that the non-
diluted bed is characterized by a reduced performance as
compared with the diluted one. The performance of the diluted
bed of the mini-reactor is identical in upflow and downflow
mode and the apparent catalyst activity appears improved
relative to the non-diluted bed. This fact consists a strong
indication that the mass transfer and fluid dynamics resistances
have been minimized and that this type of mini-reactor can be
used as a reference reactor.

In both cases the dilution of the catalyst bed improves the
apparent catalytic activity. Although the superficial velocities
of each phase are the same for the corresponding experiments
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upflow and downflow mode in terms of H, consumption. (c) Apparent catalytic activity for the HDS experiments of the mini- and bench-scale reactors.
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Fig. 3. Axial dispersion effects on the apparent HDS catalytic activity at T and
P =51bar, WHSV =1 h~" and G/L = 1000 Nl/kg.

performed in the bench and the mini-reactors, the former
reactor is not as efficient as the mini one. The biggest difference
in performance is observed between the operations of the mini-
scale diluted bed and the bench-scale diluted reactor and
the observed important deviations are investigated in the
followings.

4.2. Effect of Peclet and K;gay on reactor performance

Axial dispersion and mass transfer limitations may mask
reaction kinetics if not properly taken into account. In Fig. 3, a
sensitivity analysis shows the dependence of the apparent
catalytic activity on Peclet calculated for typical HDS
conditions in an isothermal reactor, i.e. pressure of 54 bar,
WHSV =1 h™" and a gas to oil ratio equal to 1000 NI/kg. These
conditions correspond to the first experimental point of Table 2.
The evaluated kinetic parameters from the diluted bed of the
mini-reactor are applied in this simulation and by varying the
Peclet number the sulfur concentration in the reactor effluent is
calculated. In a second step, axial dispersion is not taken into
account but its effect is included in the estimated specific
reaction constant (kgps) to achieve the same exit sulfur
concentration as before but assuming ideal reactor behavior in

a/8, = 100000 m”

Kk ay=0.0015 s for HIC
kay=0.047 s for Hy
kay=0.0195" for H;S

a,/5,=1000 000 m*
k.2,=0.015 s for HIC
k.2y=0.47 5™ for Hy
kiay=0.19 5" for H;S

0.0

10000 100000 1000000

ay/d, (m?)

Fig. 4. Gas-liquid mass transfer masking effect on the apparent HDS catalytic
activity at T and P =51 bar, WHSV =1 h™' and G/L = 1000 Nl/kg.
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Fig. 5. Axial molar fraction profile for the diluted H, along the catalytic bed at
Tg and P =51 bar, WHSV =1 h~! and G/L = 1000 Nl/kg.

simulation. The ratio of this reaction constant to the value of the
reaction rate constant estimated from the diluted mini-scale
reactor data represents the apparent activity depicted in Fig. 3.
It is obvious from this figure that for Peclet numbers greater
than 50 the extent of the axial dispersion effect on the apparent
catalytic activity is less than 5%. The respective impact of the
low gas—liquid mass transfer rates on the reaction kinetics
appears stronger enough, as results from the Kj gy sensitivity
analysis presented in Fig. 4. It is observed that apparent activity
may reach values close to 0.1 while in the case of axial
dispersion the value of the apparent activity is expected to be
more than 0.7 for conventional operating conditions.

The main reason of the extended effect of the low mass
transfer rates on reaction kinetics is that the liquid phase that
irrigates the catalyst particles becomes poorer in reagents like
H, while the product H,S can not be easily desorbed to the gas
phase. In Fig. 5, the calculated axial profile of the dissolved H,
is presented for three different cases. It is obvious that at ideal
conditions corresponding to negligible mass transfer resis-
tances and dispersion the diluted hydrogen in the liquid phase is
almost constant as it is fed in excess. On the contrary, in a
reactor where the mass transfer resistances are strong enough
(ay/8. = 77,200 m?), a lack of hydrogen in the liquid phase is
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Fig. 6. Axial molar fraction profile for the diluted H,S along the catalytic bed at
Tg and P =51 bar, WHSV =1 h™! and G/L = 1000 Nl/kg.



110 G.D. Bellos et al./Catalysis Today 127 (2007) 103-112

0.025-
0.020
Hy
< 0.0154
h,
& H,S
g
z 0.010-\_,JJ,/,;C:’/F”_>
0.005-
0.000 , . . . i
0.0 0.2 0.4 0.6 0.8 1.0

e/l

Fig. 7. Variation of K gay values along the catalyst bed corresponding to o/
8.=77,200m 2 at Ty and P = 51 bar, WHSV = 1 h™ " and G/L = 1000 N/kg.

observed close to the reactor inlet because of its high
consumption rates and its insufficient renewal via the gas—
liquid interface. If beside the mass transfer resistances the axial
dispersion is considered not negligible (Pe = 12) then the curve
of hydrogen profile is a little more spread due to the dispersion
in the liquid phase along the axis, but very close to the curve
drawn for mass transfer resistances only. In Fig. 6, the axial
profile of the diluted hydrogen sulfide is plotted for the
corresponding conditions of Fig. 5. For the ideal reactor
operation it appears that H,S concentration increases along the
reactor length due to the reaction progress. In the case of
existence of mass transfer resistance (av/8; = 77,200 mfz) an
accumulation of H,S in the liquid phase is observed close to the
reactor entrance where its production rates are high and its
desorption into the gas phase is restricted by low mass transfer
rates. The same conclusion arise from the profile calculated
when both axial dispersion (Pe = 12) and mass transfer (cy/
o, =77,200 mfz) are taken into account. The only difference is
that in the latter case, the curve is more spread as also the
respective profile of diluted hydrogen in Fig. 5. The gas—liquid
mass transfer coefficients at the inlet of the catalytic bed that
correspond to /8. = 77,200 m 2 are: Kigricoy =k pcoy =
0.00075 Sil; KLG,HZ(XV = kL,HZOlV =0.0235 Sil; KLG.’stOlV =
kL sy = 0.0095 s—'. These values change along the length
of the bed as they depend on the composition of the mixture. The
change of these values is portrayed in Fig. 7 and it is observed that
their deviations cannot be neglected in solving the simulation
model.

4.3. Estimation of mass transfer effects

For the estimation of the extent of the mass transfer
resistances on the operation of the bench-scale and mini-scale

Table 3
The constants values for the correlation of hold up and axial dispersion

C Co C3 Cy Cs Ce
Non-diluted 0.734 —0.035 3.1 0.042 0.072 0.53
Diluted 0.704 0.0353 7.6 0.756 0.823 1.11

Table 4
Simulated axial dispersion and liquid hold up values for the non-diluted and the
diluted bed of the bench-scale upflow reactor

WHSV T (K) Bed
(™

Non-diluted Diluted
BL Dax Pe B Dax Pe
(mm? s~ ) (mm?s~ )
1.0 593 0.723 154 12 0715 033 97
1.0 613 0.722 148 9 0716 0.25 87
2.0 623 0.722  1.55 27  0.805 0.59 115

beds the corresponding gas—liquid mass transfer coefficients
must be available. To the best of our knowledge there is no
available gas—liquid mass transfer data for such small fixed bed
gas-liquid reactors at hydrotreatment conditions. An excellent
review has been published by Larachi et al. [21] who have
developed a neural network for the estimation of ky o, kgory and
ay by using 902, 498 and 1484 data, respectively, issued from
trickle bed systems. In the same work the authors mention that
for the upflow mode they treated 439 and 499 data for k; oy and
o, respectively, but they did not find data for kgoy in the open
literature. Besides, their data for upflow operation was not
enough to develop a reliable neural network for ko

For the estimation of the gas-liquid mass transfer coefficient
in this work, it was considered that the reference catalytic
activity is the one corresponding to experiments performed
with the diluted mini-reactor. The axial dispersion coefficients
and the liquid hold up for the catalyst beds operating in the
upflow mode have been evaluated from mock up experiments
[19,20]. Their values are correlated with the liquid and gas
superficial velocities as shown in the following Eqgs. (21) and
(22). The constants of these empirical correlations are given in
Table 3:

BL = ciugs 2L

”‘E‘S ME?SS (22)

Dax = c3
1 + ceuigs

In Table 4, the calculated values of liquid hold up, axial
dispersion coefficient and Peclet number are given for the non-
diluted and diluted bed of the bench reactor operating in upflow
mode. The axial dispersion is more extended in the non-diluted
bed as compared with the diluted one and the Peclet number of
the diluted bed is from 4 to 10 times higher than those of the
non-diluted. In the diluted bed Peclet number is greater than 90.
Referring to Fig. 3, it is concluded that the impact of the back
mixing on the apparent catalytic activity is less than 4% and so
the performance deviations observed between the diluted bed of
the bench-scale and of the mini-reactor is mostly attributed to
mass transfer restrictions of the former.

By using the optimization code, the optimum mass transfer
coefficient value for each experimental point was calculated in
such a way as to converge each predicted product sulfur
concentration to the real value. By considering that the film
length is common for all the compounds it was possible to
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Table 5

Estimated liquid-side mass transfer coefficient for the beds of the bench and mini-scale reactors

T (K)  Bench-scale reactor Mini-scale reactor
Non-diluted bed Diluted bed Non-diluted bed
avld, (™) kppcer, (571 kLm0 (s eyl M) kppcay 7 kL p, 0y Y el M) kppcay (7 kL, oy s
593 77200 0.0012 0.036 51800 0.0008 0.024 235,000 0.0035 0.110
613 68400 0.0012 0.036 52300 0.0009 0.028 149,000 0.0027 0.078
623 74300 0.0015 0.041 58700 0.0012 0.033 190,000 0.0034 0.100

calculate first the optimum /6y value and thereafter the &y ;o
value for every compound.

In Table 5, the mass transfer results are presented having
attributed all the mass transfer resistances to the liquid phase
film at the gas—liquid interface. First, it appears that the a/é
values in the case of the non-diluted bed of the bench reactor are
systematically higher than those of the bench-scale diluted bed
despite the improved HDS performance of the latter (Fig. 2).
This indicates that dilution has a negative effect on mass
transfer in the case of the bench-scale reactor. But, dilution of
mini-scale catalyst beds decreases the mass transfer effects.
This opposite trend of gas—liquid mass transfer resistances with
catalyst bed dilution in the different reactor scales shows that
the flow regime is not the same in the reactors of different scale.
Moreover, the ay/é values corresponding to both beds of the
bench reactor are much lower than the a/8;, values of the mini-
scale non-diluted bed. This fact justifies the performance
difference between the two reactors.

4.4. Interpretation of the results

The different extent of the two phase mass transfer
phenomena that take place in these reactors is attributed to
the much lower (10 times less) cross section area of the mini-
reactor. As the operating conditions for the corresponding
experiments in mini- and bench-scale reactor beds were exactly

Bench reactor

o o\ O|[ bubble I | bubble
o © ‘_ 4
© H.S
Wetted catalyst
Mini reactor

S

bubble bubble

Wetted catalyst

Fig. 8. Graphic depiction of the bubbles distribution at the top of the catalyst
beds and of the radial distribution of dissolved gases in the liquid phase between
two passages of gas bubbles.

the same the bubble size is expected to be the same. Optical
observation of mock-up experiments with analogous beds and
conditions to those prevailing in hydrotreatment have indicated
that the position at which the gas bubbles came out at the top of
the bench-scale beds, either diluted or non-diluted, scarcely
changed with time and the bubbles were well apart from each
other (Fig. 8). This indicates that the bubbles follow certain
paths through the bed well apart from each other leading to poor
gas-liquid contact. Building a mini-reactor with a smaller
diameter the gas—liquid distribution is improved even if only
one way for the bubbles passage is created through the mini-
scale bed. Therefore, the concentration of the hydrogen and
hydrogen sulfide along the reactor radius is more uniform and
closer to the thermodynamic saturation. Poor gas bubbles
distribution in bench-scale beds results in some almost
saturated with H, areas close to the interface along the
preferential paths that bubbles follow through the bed but there
are areas where H, has been consumed and the transfer rates are
not sufficient to renew it. In parallel, in the hydrogen depleted
areas a concentration maximum of H,S produced during HDS
is developed inhibiting the catalytic reactions. In Fig. 8, a
schematic representation of the bubble distribution at the top of
the bench and mini-scale bed is presented along with the
concentration profiles of the dissolved gases in the liquid phase
for both reactors. It is shown that the profiles in the mini-reactor
are expected to be more uniform as the transfer distances in the
liquid phase along the bed radius are shorter.

The higher mass transfer coefficients for the non-diluted
bench-scale bed as compared with the diluted one can be
attributed to the decreased mass transfer rates to and from the
paths of the gas bubbles due to the reduced mixing around the
bubbles imposed by the smaller void fraction of the diluted
structure. For the mini-scale reactor, however, with improved
gas—liquid contact as described above, mass transfer rates in the
diluted bed are higher than in the non-diluted one.

5. Conclusions

The mass transfer effects on the gas oil hydrodesulphuriza-
tion performance of two laboratory reactors with different
geometry have been investigated. It has been shown that mass
transfer resistances which also reflect the effective gas—liquid
contact appear to be significant. The bed dilution with inert
fines improves the apparent catalytic activity but the reactor
geometry and size strongly affect the reactor performance.
For the cases and the conditions studied the mini-reactor is
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characterized by a better performance resulting from a more
efficient gas—liquid contact and higher mass transfer rates than
those prevailing in the bench-scale reactor.
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